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ABSTRACT
This paper presents comparisons between experimental measurements and unsteady three-
dimensional numerical simulations performed by an unstructured parallelized CFD multiphase
flow code of elutriation and transport of mono-dispersed glass beads type B and A/B in a
fluidized bed. These comparisons show a satisfactory agreement between experimental mea-
surements and numerical predictions. The numerical results also show a strong dependence
on the mesh size, especially for fine particles. A model accounting for influences of meso-
scales structures on overall bed hydrodynamics, which are not resolved by coarse mesh simu-
lations, is applied. Results obtained with the model show improvements for the dense fluidized
bed and even for a transport step.
INTRODUCTION
Gas-solid fluidized beds are used in a wide range of industrial applications such as
coal combustion, catalytic polymerization and uranium fluoridation. Many of the flu-
idized bed industrial processes involve poly-dispersed powder and even multi-species
of powders. In bubbling fluidized bed combustion and catalytic cracking, elutriation is a
major cause of inefficiency, while it could be highly desirable in specific case. Whether
the intention is to minimize or to promote elutriation, the involved phenomena must be
properly known if the process has to be efficiently controlled.
Numerical simulation is becoming an efficient approach to study the separation and
entrainment processes observed in an industrial fluidized bed. In the literature, there
is a lack of experimental data to validate CFD simulations of these phenomena. Thus,
a joint experimental and numerical project between RAPSODEE Centre and IMFT
was initiated. The object of this paper is to present comparisons between three-
dimensional numerical simulation predictions and experimental data of particle gas
pressure drop and entrainment in a fluidized bed.
Fig. 1: Experimental set up.
Particle properties Fine Coarse
Solid mass (kg) 2.5 2.5
Density (kg/m3) 2470 2470
Diameter d50 (µm) 84 213
Span=d90−d10d50 0.38 0.414
Vt (m · s−1) 0.41 1.51
Umf (m · s−1) 5 · 10−3 36 · 10−3
Table. 1: Powder properties.
EXPERIMENTAL SET UP
The column in the laboratory experimental set up was 10 cm in diameter and 59 cm
high (Fig. 1) and was fitted with a conical outlet. The column material was stainless
steel to avoid electrostatic charge (Ansart et al. (1)). The bronze distributor had a
pressure drop of 6 kPa at a superficial gas velocity of 0.18 m · s−1. Fluidizing air was
supplied by a Brooks smart mass flow meter and controllers 5853S with an accuracy
of ±0.7 % of the rate and ±0.2 % of full scale (2.32 m · s−1).
The process was divided into two parts: the first allowed the fluidization of particles
by a homogeneous superficial gas velocity (Vf1 < Vt), in order to obtain a bubbling
fluidized bed regime. According to a linear ramp-up of 5 s during the second part, the
fluidization velocity was increased to entrain the particles (Vf2 > Vt). The particles
entrained were collected through a vessel at the outlet of a cyclone. The mass of
particles collected was continuously weighed during the process with a resolution time
of 1 s and an accuracy of 0.01 g. Pressure variations along the pipe were monitored
by severals sensors located every 1.5 cm. Honeywell DC pressure instrumentation
was used with an accuracy of ±0.25 % of full scale. The resolution time was 0.1 s.
The measurement of gas pressure on the wall was made through an 8 mm diameter
opening with a filter.
The powder was glass beads with properties described in Table 1. For 2.5 kg of solid
mass, the bed at rest in the column is approximatively 21 cm. Two particle sizes called
fine (Geldart type A/B) and coarse (Geldart type B) were used. The mean diameters
of powder were determined using a Mastersizer 2000 with 1.5 bar of dispersion. The
bulk material was sieved to ensure an almost mono-dispersed distribution. The ter-
minal settling velocity Vt of the particle was calculated by the expression of the drag
coefficient, Equation (5). According to Remf , an estimation of minimum fluidization
velocity Umf was computed using the expression recommended by Wen and Yu:
Remf = (33.72 + 0.0408
ρg(ρp − ρg)d3pg
µ2g
)0.5 − 33.7 Umf = Remfµg
ρpdp
. (1)
MATHEMATICAL MODEL
Simulations were carried out using an Eulerian n-fluid modeling approach for poly-
dispersed fluid-particle flows implemented in the NEPTUNE CFD software which was
developed and implemented by IMFT (Institut de Me´canique des Fluides de Toulouse).
This software is a multiphase flow code developed in the framework of the NEP-
TUNE project, financially supported by CEA (Commissariat a` l’E´nergie Atomique),
EDF (E´lectricite´ de France), IRSN (Institut de Radioprotection et de Suˆrete´ Nuce´aire)
and AREVA.
In the proposed modeling approach, the mean transport equations (mass, momentum
and fluctuant kinetic energy) are solved for each phase and coupled through inter-
phase transfer terms. These equations are derived by phase ensemble averaging
weighted by the gas density for the continuous phase and by using kinetic theory of
granular flows supplemented by fluid and turbulence effects for the dispersed phase
(Balzer et al. (2), Gobin et al. (3)). In the following development, subscript k = g, refers
to the gas phase and k = p refers to the particle phase. The mass balance equation
is:
∂
∂t
αkρk +
∂
∂xi
αkρkUk,i = 0, (2)
where αk is the kth phase volume fraction, ρk the density and Uk,i the ith component of
the velocity. In equation (2), the right-hand-side is equal to zero without mass transfer.
The mean momentum transport equation for the phase k is written:
αkρk
[
∂Uk,i
∂t
+ Uk,j
∂Uk,i
∂xj
]
= −αk ∂Pg
∂xi
+ αkρkgi + Ik,i +
∂
∂xj
[−αkρk 〈u′k,iu′k,j〉+ Θp,ij] ,
(3)
where u′k,i is the fluctuating part of the instantaneous velocity of phase k, Pg is the
mean gas pressure, gi the ith component of the gravity acceleration and Ik,i the mean
gas particle interphase momentum transfer without the mean gas pressure contribu-
tion. Finally, Θk,ij is for k = g the molecular viscous tensor and for k = p the collisional
particle stress tensor. Due to the large particle to gas density ratio, only the drag force
was assumed to be acting on the particles. Hence, the mean gas-particle interphase
momentum transfer can be written:
Ip,i = −Ig,i = −αpρpVr,i
τFgp
with
1
τFgp
=
3
4
ρg
ρp
〈|vr|〉
dp
Cd,WY. (4)
with Cd,WY given by Wen & Yu’s correlation:
Cd,WY =
{
24
Rep
(
1 + 0.15Re0.687p
)
α−1.7g Rep < 1000 Rep = αg
ρg〈|vr|〉dp
µg
0.44 α−1.7g Rep ≥ 1000
(5)
The mean relative velocity Vr,i between gas and particle is expressed in terms of the
mean gas velocity, mean particle velocity and drift velocity. In equation (3), the col-
lisional particle stress tensor is derived in the frame of the kinetic theory of granular
media (Boelle et al. (4)).
For the gas turbulence, a standard k − ε model extended to the multiphase flows
accounting for additional source terms due to the interfacial interactions was used.
For the dispersed phase, a coupled transport equation system is solved on particle
fluctuating kinetic energy and fluid-particle fluctuating velocity covariance (q2p − qfp).
In this paper, the influence of mesh size on the numerical predictions was studied.
The mesh size required to fully resolve all of the fine-scale structures decreased as
a function of the mean particle relaxation timescale (Parmentier et al. (5)). Because
of limited computational resources, a filtered approach can be used to model the drag
term accurately (Agrawal (6)). In the framework of a filtered approach for gas-solid
flows, Parmentier et al. (7) proposed that the filtered drag can be modeled by:
(
αpρp
τFgp
Vr,i
)
=
αpρp
τ˜Fgp
(δij + h(αp)Kijf(∆∗G)) V˜r,j , (6)
where V˜r,j = is the resolved relative velocity. Kij = δijKh+δi3δj3(Kv−Kh), the model
coefficient is the same in x and y direction (Kh and Kv are determined by a dynamic
adjustment performed by a second filter). h(αp) = −
√
u (1−u)2 (1− 1.88 u+ 5.16 u2),
where u = αp/αm et αm = 0.64 is the maximum compacting. The forms of the h and
f functions are derived from a highly-resolved simulation of mono-dispersed gas-solid
flow. The function f is modeled as the following equation:
f(∆∗G) =
∆∗G
2
a2 + ∆∗G
2 with ∆
∗
G =
∆G
τStp
√
gL
. (7)
where a = 0.084, ∆∗G is a dimensionless mesh size, ∆G the cube root of the cell
volume, L the bed diameter and τ stp stokes relaxation time.
NUMERICAL PARAMETERS
To study the influence of mesh refinement, we used three 3D meshes based on O-
grid technique were used. The reference mesh contained 428 451 hexahedra with
approximately ∆x = ∆y = ∆z = 3.7 mm. The mesh was uniformly refined by a
factor of 1.5 which consisted of 1 477 060 cells. The coarse mesh was made up
of 123 816 cells constructed from the reference mesh by coarsening by a factor of
1.5. The numerical simulations were performed on parallel computers with 8 cores for
the coarse mesh, 64 cores for the reference mesh and 128 cores for the fine mesh,
because of mesh size and physical time needed (Neau et al. (8)).
At the bottom (z = 0), the fluidization grid was an inlet for the gas, with an imposed
superficial velocity corresponding to the fluidization velocity vf , and a wall for the par-
ticles. At the top of the fluidized bed, a free outlet for both the gas and the particles
was defined. The wall-type boundary condition was friction for the gas and a no-slip
for the particle. Fede et al. (9) have shown that the gas pressure drop predictions are
improved with a no-slip boundary condition for the mean particle velocity and zero-flux
condition for the mean particle agitation qp2 .
RESULTS AND DISCUSSION
First of all, a comparison between the numerical predictions for the coarse particles
and the experimental results was obtained. Then, the same comparison was carried
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(a) Wall distribution of the mean gas pressure.
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(b) Mass of particles collected.
Fig. 2: Comparison between experimental data and numerical simulation predictions
for coarse particles. In the left plot the data were obtained during the bubbling step
Vf1 = 2.5 Umf and in the right plot during the entrainment step Vf2 = 1.03 Vt.
out for the results of fine particles. In the experiments, the particle phase was slightly
poly-dispersed (span ≈ 0.4). However, the numerical simulations were carried out with
a monodisperse particle distribution having a median diameter equal to d50.
Coarse particles
Gas pressure drop along the wall during the bubbling phase and the mass of particles
collected obtained by numerical predictions, for the coarse and reference mesh sizes,
were compared with the experimental measurements. To study the wall gas pressure
drop during the bubbling step, the numerical simulations were carried out as follows: at
t = 0 the fluidized bed was filled up with a uniform solid mass fraction according to the
experimental solid mass. A transitory step takes place for t ∈ [0 s, 20 s] corresponding
to the destabilization of the fluidized bed. Then, the statistics were computed for t ∈
[20 s, 60 s] insuring a statistical convergence.
As Fig. 2 shows, the mesh refinement had no effect on the bed expansion or the mass
of particles entrained for the coarse particles (type B). The coarse mesh was sufficient
to predict bed dynamics, and no further mesh refinement was needed. Moreover, a
very good agreement between numerical predictions of the wall gas pressure drop
and the experimental data during the bubbling step (Vf1 = 2.5 Umf ), Fig. 2(a), was
obtained. Above the bed particles, the gradient of gas pressure was equal is negligible
for the numerical results and for the experimental measurements. Inside the bed, both
distributions were linear. The numerical results predicted the same bed height as the
experimental data.
Fig. 2(b) shows the evolution of the mass of particles collected during the entrainment
step (Vf2 = 1.03 Vt). A good agreement between the experimental measurements of
the mass flow rate of coarse particles and the numerical results was obtained. Indeed,
at the start of the entrainment process the flux of particles was slightly overestimated,
and during the following progress of the process the numerical predictions of the flux
were very close to the measurements.
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(b) Effect of sub-grid model for drag force.
Fig. 3: Comparison between experimental data and numerical simulation predictions
of wall mean gas pressure for fine particles during the bubbling step. Vf1 = 5 Umf .
Fine particles
For fine particles, the numerical simulations were performed on three mesh sizes. Fig.
3(a) shows the wall distribution of time averaged gas pressure, during the bubbling
step (Vf1 = 5 Umf ), for the experimental measurements and for the numerical pre-
dictions. As shown, mesh refinement had a strong effect on the numerical results for
the fine particles. For the coarse and reference mesh sizes, the bed expansion was
overestimated. Only, the fine mesh case was able to predict a similar wall gas pres-
sure as the experimental measurements, and to correctly estimate the bed height. The
structures of the gas-particle fluidized bed were not able to be resolved by the coarse
and reference mesh simulations and they had a drastic influence on the macroscopic
flow. To account for the effect of unresolved structures on the macroscopic behavior in
the coarse and reference mesh sizes, the sub-grid model described before was used
to model the effective drag term.
The Fig. 3(b) shows that the wall gas pressure drop predictions are greatly improved
by using the sub-grid model. With the sub-grid model, the bed height was almost
independent of the mesh size. A satisfactory agreement was obtained between the
numerical predictions (fine grid and large grid with sub-grid model) and experimental
measurements of the bed height, Table 2. The mean bed height was defined as the
height where the gas pressure distribution slope was modified.
The Fig. 4 shows the mass of fine particles collected during the entrainment step
(Vf2 = 1.53 Vt). In the bubbling phase, mesh refinement had a strong effect on the
mass flow rate of particles entrained. Comparisons with the fine mesh simulation
results showed that the coarse and reference mesh simulations overestimated the
mass flow rate of the particles entrained. With the sub-grid model, the numerical
simulations were approaching to the experimental measurements.
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Fig. 4: Mass of fine particles collected dur-
ing the entrainment step. Vf2 = 1.53 Vt.
Bed height
(cm)
Coarse mesh 27
Reference mesh 26.2
Fine mesh 24.1
Coarse mesh + sub-grid 24.5
Reference mesh + sub-grid 24.2
Fine mesh + sub-grid 23.6
Exp. data 24.2
Table. 2: Time-averaged bed height.
The simulation for the reference mesh with sub-grid model appeared to give similar
results as with the simulation of fine mesh but with less expensive computational re-
sources. As for the coarse particles, the flux of particles at the start of the process
was slightly overestimated, and was similar to the experimental measurements for the
following test duration.
CONCLUSION
An experimental test unit was designed and built to study particle separation and en-
trainment in a fluidized bed by measuring the gas pressure along the column and
the mass of particles leaving the column. A three dimensional, unsteady numerical
predictions was carried out with the unstructured parallelized CFD multiphase flow
NEPTUNE CFD were compared with experimental measurements.
Comparisons were obtained for two types of particles (B and A/B). The numerical pre-
dictions for type A/B have strong dependency on the mesh size. To account for the
effect of unresolved structures on the macroscopic behavior for coarse grid simula-
tions, a sub-grid model was used to model the drag term. Accordingly, the numerical
results were greatly improved and were in good agreement with the fine grid simula-
tion. Coarse numerical simulations with the sub-grid model were hugely much less
expensive from the point of view of the computational resources. The numerical pre-
dictions of the bed height and of the entrainment rate were in good agreement with
experimental measurements. The next step of this study is to focus on the elutriation
of a mixture of fine and coarse particles.
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NOTATION
Cd,WY Wen ’n Yu drag coefficient Vr relative velocity
dp particle diameter Vt terminal settling velocity
g gravitational constant u′k,i fluctuating velocity of phase k
Pg mean gas pressure αk volume fraction of phase k
q2p mean particle agitation ∆∗G dimensionless mesh size
Rep particle Reynolds number ∆G cube root of the cell volume
Uk,i mean velocity of phase k µg gas viscosity
Umf minimum fluidization velocity ρk density of phase
Vf superficial gas velocity τFgp mean gas-particle relaxation timescale
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